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The dual fluidized bed steam gasification system, developed by the Institute of Chemical Engineering at 
Vienna University of Technology, was originally developed for the utilization of woody biomass as feedstock, 
but during practical operation of the industrial sized plants of this system it turned out that fuel flexibility is 
the key issue for economic breakthrough. Therefore, gasification tests were carried out with lignite at differ¬ 
ent operating conditions at the dual fluidized bed pilot plant at Vienna University of Technology. Tests were 
performed with an input fuel power of 90 kW th . Olivine was used as bed material and the applied particle 
size was 370 and 510 pm. The steam-to-carbon ratio was varied between 1.3 and 2.1 kg H 2o/kgcarbon- In 
addition to standard online measurements of the permanent gas components of the product gas, impurities 
like NH 3 , H 2 S and tar were also measured. It turned out that a lower amount of steam for fluidization caused a 
better performance of the gasification reactor in terms of product gas yield, carbon conversion and water con¬ 
version. The high catalytic activity of the lignite ash was also a reason for the high product gas quality produc¬ 
ing low amounts of condensable hydrocarbons, like tar. 

© 2013 Elsevier B.V. All rights reserved. 


1. Introduction 

Gasification of solid feedstock to a product gas for heat and power 
production or as a feedstock for synthesis processes attracts increasing 
interest since many years. Fluidized bed gasification turned out to be 
the most suitable reactor design for biomass gasification [1 ]. For coal gas¬ 
ification, the most common technology is entrained flow gasification 
with oxygen and steam as a gasification agent. Fluidized bed systems 
offer the benefit of a high fuel flexibility compared to entrained flow sys¬ 
tems. Furthermore the supply of pure oxygen for entrained flow gasifica¬ 
tion is an expensive medium and, moreover, ecologically questionable. 
When inexpensive steam is used as a gasification agent, the product 
gas is free of nitrogen and the calorific value of the gas is high — values 
between 10 and 18 MJ/Nm 1 * 3 * can be reached [2,3], The disadvantage 
for practical use of this gasification agent is that the gasification process 
becomes allothermal, so the heat for the endothermic gasification reac¬ 
tions has to be provided externally. A solution for the external introduc¬ 
tion of the heat for gasification at an industrial scale can be provided by 
dual fluidized bed gasification (DFB). 

The DFB technology separates the combustion reactor, which pro¬ 
vides the energy for gasification, from the gasification reactor and pure 
steam is used as a gasification agent Circulating bed material between 
these two reactors carries the heat from the combustion reactor to the 
gasification reactor. This gasification technology [4] has been successful¬ 
ly demonstrated at industrial scale, in Giissing [5] and Oberwart [6], 
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Austria, on the 8 and 10 MW th scale, respectively, since 2001 and 
2008. Another plant in Villach, Austria with a fuel power of 15 MWa, is 
in operation since 2011 [7], Further plants in Klagenfurt, Austria, 
Gothenburg, Sweden [8] and Senden, Germany, are currently under 
planning (Klagenfurt) construction (Gothenburg) or in the startup peri¬ 
od (Senden), and will gain a fuel power of 15 MWu, (Senden), 25 MW th 
(Klagenfurt) and 32 MW t h (Gothenburg). The Institute of Chemical 
Engineering at Vienna University of Technology operates a 100 kW 
DFB pilot plant for research purposes where research concerning differ¬ 
ent types of feedstock [9-12], operating conditions [13-15] and bed ma¬ 
terial properties [15,16] is carried out. 

Especially at fluidized bed gasification conditions, fuels with a low 
content of volatile components, which means that gasification reactions 
dominate over the pyrolysis reactions, the reactivity of the char particles 
that have to react with the gasifying agent is a matter of interest for the 
design of the gasifier, as well as for the performance of the system. A 
higher reactivity of the coal or char results in higher system efficiency 
and, also, a lower gasification temperature can be chosen, which leads 
to higher cold gas efficiency [17], Miura et al. [18] conducted investiga¬ 
tions regarding factors that affect the reactivity of coal chars. The authors 
found that values like the surface area and pore structure of the fuel par¬ 
ticles have an effect on the reactivity. On the contrary these simple char 
properties do not indicate that the reactivity is reliable. They classified 
coals into low-rank coals (C<80%) and higher-rank coals (C>80%) and 
stated that the reactivity of low-rank coals is mainly controlled by catalyt¬ 
ic effects of minerals, such as calcium, potassium or sodium, whereas 
higher-rank coals' reactivity is affected mainly by the number of active 
sites in the coal matrix. The fact that there is no correlation between 
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properties of the fuels, like fixed carbon content, volatile matter or specific 
energy content, and the reactivity of coal was strengthened by Boyd and 
Benyon [19], They also found an effect of inorganics on the reactivity. 

Originally, the DFB system was used for the production of H 2 -rich 
syngas out of woody biomass, but during commercial operation it turned 
out that fuel flexibility is a key issue for commercial breakthrough. To 
gain knowledge about the performance of a low-rank coal, lignite, from 
the Rhenish lignite mining region that is commercially used as a fuel 
for fluidized bed combustion at large scale, is used for the gasification 
tests discussed in this article. Other aspects that will be considered are 
the particle size of the bed material and the steam-to-carbon ratio. 
Therefore, tests with two different particle sizes and different fluidization 
conditions which mean different amounts of steam were performed. 

2. Gasification of solid feedstock with steam 


the knowledge of the fuel composition the stoichiometric steam demand 
can be calculated to: 

<£h 2 o = 4106mol H2 o/kg daf NSafree 

4>h 2 o = 0.74 kg H2 o/kg da f,N,s, ate 

In most of the cases of operating a gasifier, the real amount of H 2 0 
in the system would differ from the amount stoichiometrically need¬ 
ed. To quantify the ratio of actual present H 2 0 and theoretically need¬ 
ed, an equivalent ratio for H 2 0 can be defined, similar to that which is 
used for combustion systems to determine the amount of air. 



The main gasification reactions are shown in Table 1 . These reactions 
are considered as equilibrium reactions with changing equilibrium con¬ 
ditions depending on gas concentrations, temperature and pressure. For 
the applied temperature range of fluidized bed gasification, equilibrium 
will normally not be reached. In the gasification reactor these reactions 
can take place at the same time and place and some reactions can be 
forced by operating parameters and by the utilization of catalytic active 
bed material. When applying steam for gasification, the water-gas shift 
reaction is forced, so carbon (C) is converted into H 2 and CO (Eq. (1)) 
and carbon which is also present in the gas in the form of CO can be 
converted to H 2 and C0 2 (Eq. (2)) already in the gasification reactor. 
This leads to a product gas with a high content of hydrogen. Based on 
the gasification reactions in Table 1, the overall reaction for gasification 
of solid hydro-carbon fuels can be expressed as Eq. (9) shows. 

C x H y +xH 2 0—>xC0 + (x + ^)-H 2 AH R850 > 0 (9) 

Eq. (9) expresses that for each mole of carbon in the feedstock, 
1 mol of water is required for a stoichiometrical conversion of the 
fuel. In the case of a common solid fuel for gasification, its main ele¬ 
ments are not only carbon and hydrogen; oxygen can also make up 
a large part. For example, the oxygen content for wood pellets is 
44 wt.% daf and for lignite 27 wt.% daf . Including this aspect the overall 
steam gasification reaction results in Eq. (10). 

C x H y 0 z + (x-z)-H 2 0->x-C0+ (x + |-z)-H 2 for (x > z) (10) 

With Eq. (10), the amount of steam that has to at least be present 
during the process for a known composition of fuel can be defined. 
Using Eq. (11), we can see that this stoichiometric steam demand is 


In real gasifiers, all the water introduced for conversion of the feed¬ 
stock will not be converted due to several reasons. On the one hand, in 
order to maintain a good fluidization, a higher steam flow than stoichio¬ 
metrically required is chosen. On the other hand, the aspects discussed 
before just consider the conversion of the feedstock to H 2 and CO. In a 
real case, a lot of simultaneous reactions take place such as pyrolysis, 
gasification, reforming and cracking as well as recombination reactions 
that lead to the final product gas composition. 

By the facts mentioned above it can be assumed that the water-gas 
shift reaction takes place in the reactor especially in contact with catalyt¬ 
ic active particles. In general, this reaction is desired, as a high hydrogen 
content is welcome in many cases. Moreover, materials that promote 
this reaction also force the decomposition of tar compounds [22] and 
reduce the required energy for the process due to its exothermic charac¬ 
ter. To quantify the distance to equilibrium, the model parameter is 
expressed as the logarithm of the ratio of the actual partial pressure 
product to the equilibrium constant (Eq. (13)). IfpSeq,co-shift<0, the actu¬ 
al state is still on the side of the reactants, so further reaction is thermo¬ 
dynamically possible. If p6 e q,co-shift=0, the water-gas shift equilibrium 
is fulfilled by the product gas composition and ifpS eq ,co-shift> 0, the actu¬ 
al state is on the side of the products. The latter case cannot be reached 
thermodynamically by the water-gas shift reaction; it is a result of the 
products generated by devolatilization and the other gasification reac¬ 
tions and the water content available in the product gas. If, for example, 
the gasifier is operated with a low amount of steam for gasification, the 
water content will be lower in the product gas. This moves the distance 
to water-gas shift equilibrium beyond 0 (pfieq.co-shift >0). The water-gas 
shift reaction will then react towards its reactants and consume energy. 

(,3) 


<*>h 2 o = (x-z). (tl) 

For the tests in this publication, the feedstock can be expressed as the 
system C x H y O z free of sulfur and free of nitrogen. With the fuel analysis 
(see Table 4), the molarities of Q H and O results in CH 0 . S 1 0 0 34 - With 


Table 1 

Equilibrium reactions for carbonaceous feedstock gasification [20,21], 


Name of reaction Chemical equation AH^gso [kj/mol] Equation 


Water-gas (i) C + H 2 0 —* CO + H 2 +135.7 

Water-gas (ii) C + 2H 2 0 - C0 2 + 2H 2 +102.1 

Boudouard C + C0 2 — 2CO +169.4 

Methanation C + 2H 2 ~CH 4 -89.8 

Oxidation (i) C+0 2 ~C0 2 - 394.9 

Oxidation (ii) C + 0.5 0 2 — CO -112.7 

Water-gas shift CO + H 2 0 — C0 2 + H 2 - 33.6 

Methane reforming CH 4 +H 2 0 —CO+3H 2 +225.5 


^p.co-shitt is the equilibrium constant of the water-gas shift reaction 
and can be determined via the database of HSC Chemistry [21 ]. For prac¬ 
tical operation of gasifiers, there is another expression for the introduc¬ 
tion of steam used. The steam-to-fuel ratio expresses the sum of water 
present in the system in relation to the total mass of introduced dry and 
ash-free fuel (Eq. (14)). As, initially, the steam is required for gasifica¬ 
tion of carbon particles (Eqs. (1) and (2)), the formulation of the so 
called steam-to-carbon ratio will also be used here (Eqs. (15) and 
(16)). This formulation makes comparisons for gasification of fuels 
with different origins easier, like coal and biomass, as coal with a higher 
heating value compared to wood, the required amount of fuel is lower 
to reach the same fuel power. This would result in very different 
steam-to-fuel ratios. Nevertheless for maintaining reproducible gasifi¬ 
cation conditions a constant steam-to-carbon ratio is essential. 
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<PsC,wt 


Vc'^fuel 


(15) 


<PsC,mol 


m st eam + VH 2 0-'Tl fud ,12 

Vc-rhfue! 18 


(16) 


For steam gasification the amount of the introduced water that is 
consumed for the gasification and steam reforming reactions is an in¬ 
dicator for the whole process. This value is called water conversion. 
The relative water conversion is defined as consumed amount of 
water per mass unit of converted fuel (Eq. (17)). 


X H2 0,rel = 



(17) 


The conversion of carbon in the gasifier to gaseous products can 
also be used as a key figure for the performance of the gasification 
process. This value is the carbon conversion. For a dual fluidized bed 
gasifier, one has to distinguish between the carbon conversion to 
product gas in the gasification reactor itself and the conversion of car¬ 
bon of the whole system to product gas and flue gas. In the first case, 
the carbon conversion is the ratio of carbon leaving the gasification 
reactor in the form of gaseous products in the product gas stream to 
the introduced amount of carbon by the feedstock (Eq. (18)). 



X c can be used as a kind of parameter for determination of the 
amount of char that leaves the gasification reactor to the combustion 
reactor, neglecting char present in the product gas stream. For the 
whole system the carbon conversion is typically higher than 99%, as 
only entrained char to the gas streams occurs as carbon loss. 

3. Materials and methods 


3.1. The dual fluidized bed pilot plant at Vienna University of Technology 

For the experiments in pilot scale, the 100 kW DFB pilot plant located 
at Vienna University of Technology was used [9], The overall gasification 
reaction for steam gasification results in an endothermic effect (Eq. (9)), 
so energy in the form of heat is required to keep the gasification process 


running. The dual fluidized bed gasification system provides the heat for 
the gasification reactor by a separate combustion reactor while circulat¬ 
ing bed material is carrying the heat from the combustion reactor to the 
gasification reactor. The basic principle of the dual fluidized bed gasifica¬ 
tion process is shown in Fig. 1 and a schematic drawing of the pilot rig is 
shown in Fig. 2. This system separates gasification and combustion, as 
two fluidized bed reactors connected together by loop seals are used. 
The fuel, usually biomass (here coal), enters the gasification reactor, a 
bubbling bed fluidized with steam, where drying, pyrolysis and hetero¬ 
geneous char gasification take place at temperatures between 750 and 
900 °C. The remaining residual char leaves the gasification reactor at 
the bottom together with the bed material, which circulates between 
the two reactors, through the lower loop seal to the combustion reactor. 
This reactor is implemented as a fast fluidized bed that is fluidized with 
air to maintain combustion of the residual char and additional fuel, if re¬ 
quired. By burning char and additional fuel in the combustion reactor, 
the bed material is heated up, and after particle separation from the 
flue gas at the exit of the combustion reactor, it flows back to the gasifi¬ 
cation reactor via the upper loop seal. Both the lower and upper loop 
seals are fluidized with steam to ensure a high throughput of bed mate¬ 
rial and to avoid any leakage of gas between the reactors. In practical op¬ 
erations, the gasification temperature is normally controlled by the 
addition of fuel (e.g. recycled producer gas, part of the feedstock, etc., 
Fig. 1, broken lines) into the combustion reactor. In the case of the 
100 kW pilot plant, light heating oil is used as fuel into the combustion 
chamber as it is easy to handle for processes on pilot scale. The pressure 
in both gasification and combustion reactors is close to atmospheric con¬ 
ditions. The main basic geometry data of the dual fluidized bed reactor 
system is summarized in Table 2. The process yields two separate gas 
streams at high temperatures: a high quality producer gas and a conven¬ 
tional flue gas. For the experiments discussed later in this article, the 
feedstock was fed directly into the bubbling bed via hopper 1 (Fig. 2). 

3.2. Analytics 

3.2.1. Measurement of main product gas composition 

The composition of product gas is measured after the gasification 
reactor. The permanent gas components CH 4 , H 2 , CO, C0 2 , and 0 2 are 
measured by a Rosemount NGA 2000. The components N 2 , C 2 H 4 and 
C 2 H 6 are measured using an online gas chromatograph (PerkinElmer 
Claras 500). To avoid any contamination and damage of the gas analyz¬ 
er and the column of the online gas chromatograph, the product gas is 
cleaned in terms of particulate matter and condensable components, 
as both gas measurement devices require dry gas. To maintain this, a 


flue gas 


product gas 



COMBUSTION ■■l-l GASIFICATION 

880 - 920 °C lijSlil 800 - 850 °C 



air solid fuel 

(biomass, residuals, waste fuels) 

Fig. 1. Basic principle of the dual fluidized bed gasification process. 
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gas cleaning line consisting of cooled impinger bottles filled with rape- 
seed oil methyl ester is used. The used gas cleaning line is explained in 
detail in a former work [23]. 


Table 2 

Basic geometric data and main operation conditions of the dual fluidized bed system. 

Unit Gasification reactor Combustion 

Conical bottom section with Cylindrical 

square-shaped upper freeboard 
section 

304 (equivalent cylindrical diameter) 98 

2.35 3.9 

650-870 750-920 

Steam 

Bubbling fluidized bed 

0.5-2.0 
200-800 

particle size 
(applicable) 


Air 

Fast fluidized 


Geometry 


Reactor free height M 
Operable "C 

temperature range 
Fluidization agent 
Fluidization regime 

Steam-to-fuel ratio 
Bed material Mm 


3.2.2. Tar measurement 

Tar is sampled isokinetically with impinger bottles and, afterwards, 
gravimetric as well as GC-MS tars are determined. The tar sampling is 
applied discontinuously by condensing and dissolving the tars out of 
the product gas. The measurement method is based on the tar protocol 
according to CEN/TS 15439 [24] focusing on tars originating from bio¬ 
mass gasification. The applied method here differs in the used solvent, 
as CEN/TS 15439 proposes isopropanol (1PA), but here toluene is used. 
This allows a simultaneous detection of the water content in the product 
gas because water can be measured as a separate phase in the impinger 
bottles. Compared to IPA, using toluene as a solvent, the tar components 
benzene, toluene and xylene (BTX) cannot be detected. However, with 
toluene the separation performance for tar components larger than 
BTX is higher than for IPA. A schematic of the arrangement of the tar 
sampling line is shown in Fig. 3. The gas enters the heated sampling 
line, which consists of a cyclone and a glass wool-stuffed filled filter car¬ 
tridge, where dust as well as condensed tar components is deposited. Af¬ 
terwards, the gas is led through six impinger bottles, five of which are 
filled with toluene. The impinger bottles are located in a cooling bath 
cooled down to — 8 °C by a cryostat. There the tars and steam condense. 
The liquid phases in the impinger bottles are unified and the aqueous 
phase is separated from the toluene phase. Afterwards, the amount of 
water is determined to calculate the water content in the gas stream. 
The amount of toluene is also marked down and a GC-MS sample is 




































S. Kern et al. / Fuel Processing Technology 111 (2013) 1-13 



taken. Then the main part of the toluene is evaporated from the sample 
in a petri dish. To analyze the oil in the filter cartridge it is necessary to 
carry out a soxhlet extraction with IPA. Again a GC-MS sample of the 
IPA phase is taken. Afterwards the IPA phase is handled like the toluene 
phase. The results of the toluene phase and the IPA phase are added, 
which gives the amount of gravimetric tar in the product gas. The filter 
cartridge is reduced to its ashes by oxidizing the organic matter in a fur¬ 
nace. By weighing the cartridge before and after the muffle furnace 
treatment, the amount of entrained char and dust can be calculated. 
Finally, the GC-MS sample is analyzed in a GC-MS device to determine 
tar composition. This measurement method gains the following results: 

• Gravimetric tar content 

• GC-MS tar content 

• GC-MS tar composition 

• Water content 

• Char load (organic matter) 

• Dust load (inorganic matter). 

3.2.3. NH 3 and H 2 S measurement 

For ammonia measurement, gas is sampled in a similar way to the 
tar measurements, using impinger bottles. The solvent used in this pro¬ 
cedure is diluted sulfuric acid at a temperature of about — 2 °G The 
impinger bottles are placed in a glycol/ethanol mixture whose temper¬ 
ature is cooled down by a cryostatic temperature regulator. To avoid tar 
condensation in the pump, a bottle with toluene is added after the sol¬ 
vent for NH 3 . After this procedure the concentration of ammonium ions 
in the sulfuric acid can be detected by a photometric method according 
to DIN 38 406 part 5 and ISO 7150. 

Hydrogen sulfide is sampled using impinger bottles filled with an 
aqueous potassium hydroxide solution at a temperature of about — 
2 °C. Subsequently, the H 2 S values were determined by potentiometry. 


under oxygen atmosphere. To make sure that CO formation is avoided, 
the gas passes a tungsten catalyst that ensures complete oxidation. Af¬ 
terwards the gas passes a layer of copper at a temperature of 860 °C 
where free oxygen is bound. Here, nitrogen oxides are also reduced to 
N 2 . As a result, the gas consists only of the components C0 2 , H 2 0, N 2 
and S0 2 that can be detected. Present chlorine in the gas is absorbed 
in an aqueous perhydrol solution (H 2 0 2 ), which is analyzed afterwards 
by capillary electrophoresis. 

3.2.6. Analysis of inorganic components 

Detection of the composition of the bed material and the inorganic 
matter of the fuels (ash) is done by X-ray fluorescence (XRF) analysis. 
This method uses the emission of characteristic fluorescent X-rays from 
a material that has been excited by bombarding with high-energy 
X-rays or gamma rays. The samples that have to be analyzed are melted 
at 1050 °C in a Merck Spectromelt and dumped at 400 °C on a stainless 
plate. The used XRF analyzer is a PANalytical Axios Advanced analyzer. 
The analysis is done under vacuum atmosphere with a rhodium anode, 
an excitation voltage of 50 kV and a tube current of 50 mA. As a result, 
the components are calculated as oxides. 

3.3. Balance of the pilot plant 

All of the online measured values during a gasification test are 
recorded by process-control software. With the gained data, mass and 
energy balances of the dual fluidized bed system can be calculated. 
For this purpose, the balance tool IPSEpro has been used. IPSEpro is a 
stationary, equation-oriented flow sheet simulation tool that has been 
developed for power systems [25], 

3.4. Used bed material 


3.2.4. Flue gas measurement 

The composition of the flue gas was measured after the combus¬ 
tion reactor with a Rosemount NGA 2000 (CO, C0 2 , and 0 2 ). 

3.2.5. Fuel analysis 

The feedstock for the gasification tests are analyzed by the “Testing 
Laboratory for Combustion Systems” at the Vienna University of Tech¬ 
nology. The sampling and preparation of the fuels is done according to 
DIN 51701. After determination of the water content, described in DIN 
51718 (drying at 30 °C to constant mass, grinding of the dried sample 
to a maximum particle size of 1 mm and drying of this sample at 
106 ±2 °C in an inert atmosphere to constant mass), the ash content 
is determined according to DIN 51719 by burning the sample to con¬ 
stant mass. C, H, N and S are measured by an elementary analyzer EA 
1108 CHNS-0 made by Carlo Erba. This is done by burning the sample 


The bed material that is used for the tests is olivine, provided by the 
Austrian manufacturer Magnolithe GmbH. During the last few years, 
olivine has become a widely known and used bed material and in-bed 
catalyst for fluidized bed gasification. It is a naturally occurring mineral 
that consists of silicate tetrahedra, which contains iron and magnesium 
(Mg! _x, Fex)Si0 2 . The content of iron and magnesium usually differs 
depending on the place of the olivine's mining. The effect of catalytic 
tar reduction by the use of olivine as bed material compared to silica 
sand in the DFB system was reported by Koppatz et al. [15], By calcina¬ 
tion of the olivine before using it, the catalytic activity can be improved 
essentially [26,27], For long term utilization of olivine in biomass gasifi¬ 
cation systems, it was shown that the fuel ash interacts with the olivine 
particles and forms layers, rich in calcium, around the particles [28], The 
effect on the gasification process is that the catalytic effect is improved a 
lot, so the tar values were found to be lower for the operation with 
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coated olivine particles compared to fresh uncoated olivine particles 
[22], Also due to its high hardness and heat capacity, it is perfectly suit¬ 
able for fluidized bed applications. 

The bed material was used in two different mean particle sizes. The 
particle inventories are labeled as “coarse” particles (c), mean particle 
diameter dp 50 , c = 520 pm and as “fine” particles (f), mean particle diam¬ 
eter dp 5 o,f=375 pm. This particle sizes are classified as particle group B 
according to Geldart [29], The graph of the size distribution of the fine 
bed material is printed in Fig. 4 and Fig. 5 shows the size distribution of 
the coarse olivine particles used for the tests. Based on the sieve analyses 
of the two different bed material sizes the mean Sauter diameters d w for 
both batches were calculated using the weighted mean diameter d p of 
the analyses and the sphericity </>. The shape of the olivine particles 
was identified as approximately spherical, so the way to specify the 
mean Sauter diameter of the used bed material is d sv =<j)d p . With the 
sphericity <f>= 0.9 the mean Sauter diameter results to: 

d wf = 370 Em 

d wc = 510 Em 

The results of the XRF analysis as well as the mechanical proper¬ 
ties of the used olivine are listed in Table 3. 

3.5. Feedstock 

Lignite from the Rhenish lignite mining region (Germany) was used 
for the tests. The feedstock was provided with a particle size of 2-6 mm. 
This type of lignite is characterized by a relatively low content of sulfur, 
nitrogen and ash, compared to other types of lignite. The results of the 
proximate and ultimate analyses are summarized in Table 4. 

4. Results and discussion 

4.1. Overview 

Gasification of lignite was carried out at three different operating 
points (OP1 -OP3). The general parameters of these tests are summa¬ 
rized in Table 5. In addition to investigating the general performance 
and the product gas composition of steam gasification of lignite, with 
this test series it was foreseen to study the influence of the bed material 
particle size and the amount of steam present in the gasifier on the per¬ 
formance of the system. For the gasification test OP1, the coarse bed 



material particles have been used. Up to now, this size of olivine particles 
was used for most of the tests as well as for all individual applications. 
However, most of the tests were done with biomass where the fuel 
mass flow has to be higher compared to coal or lignite due to the lower 
heating value of biomass. This leads to a higher steam-to-fuel ratio for lig¬ 
nite, as a certain amount of steam has to be introduced to maintain the 
bubbling fluidized bed. The idea was to use smaller particles to be able 
to lower the steam-to-fuel ratio to values that are well-established for 
steam gasification. This is reached with OP3, where a steam-to-fuel 
ratio of 0.9 kg H 2 o/kgdaf was achieved. For the operation of OP2 the 
amount of steam was the same as for OP1 to investigate the influence 
of the bed material size at the same operating conditions. OP2 can be 
compared with OP3 for detecting the influence of the steam-to-carbon 
ratio (<psc) on the system. For each test, a new batch of 100 kg of olivine 
was used. Tar was sampled at every operating point whereas H 2 S and 
NH 3 were only sampled at OP1, as their release to the product gas is 
relatively constant if the feedstock composition and the gasification tem¬ 
perature are constant 

4.2. Key data, general gasification results 



d pl0 = 313 [mm] 
d p50 = 375 [mm] 
d p90 = 438 [mm] 


A first view into the behavior of the gasification of lignite in the dual 
fluidized bed system can be made by highlighting the fluidization condi¬ 
tions in the system and the temperature profiles in the gasifier at the 


Table 3 


mechanical properties of the used olivine. 


Composition 


Olivine 


wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 

wt.% 


Mohs scale 
kg/m 3 


0.43 

46.76 

0.40 

39.84 

0.03 

0.06 

0.32 

0.90 

0.28 

0.15 

10.32 

0.31 

0.10 

0.11 

2850 
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Table 4 

Proximate and ultimate analyses of the feedstock (lignite). 


Component 


Water content 




Fixed carbon 


wt% - 18.63 

4.23 3.44 

65.53 53.32 

3.75 3.05 

0.84 0.68 

25.22 39.16 

0.38 0.31 

0.05 0.04 

51.8 42.2 

MJ/kg 48.2 39.22 

24.31 19.33 


different operating points. An overview about the fluidization regime is 
presented in Table 6. The velocities (i m f, U t and their ratios with the actual 
superficial velocity in the gasification and combustion reactor can be 
used for characterization of the fluidized bed system. The values for the 
gasification and the combustion reactor are calculated for the mean 
Sauter diameter d sv . In the gasification reactor, the bubbling fluidized 
bed is operated with a comparably low superficial velocity (U g ), but 
still between 2.7- and 6.0-times higher than L/ m f. The fluidization regime 
in the combustion reactor has to be above the terminal velocity for a sin¬ 
gle particle (f/ t ). 

The temperature profile in the gasification reactor is drawn in Fig. 6. 
This diagram illustrates that the temperature over the height of the re¬ 
actor is changing due to several impacts on the system. The hot bed ma¬ 
terial, which transports the heat from the combustion reactor to the 
gasification reactor, is recirculated to the gasification reactor in the 
lower part of the freeboard. This causes a local hot spot where the 
highest temperature in the reactor is measured. A cold area is produced 
where the superheated steam for fluidization is introduced into the 
bubbling bed, because the steam temperature (approx. 300 °C) is signif¬ 
icantly lower than the temperature of the bed material. Due to good 
intermixing of steam, bed material and fuel particles, and the high 
heat capacity of the bed material, the temperature decrease is limited. 
The set point for the gasification temperature (850 °C for OP1-OP3) is 
chosen at the height in the middle of the bubbling bed. In this area 
the fuel is also fed into the gasifier. In the middle and upper section of 
the freeboard, the temperature drops slightly in a constant way due to 
heat losses and energy-consuming reactions like steam reforming and 
cracking reactions as well as pyrolysis and gasification of entrained par¬ 
ticles in the freeboard. 

For OP1 and OP2 it can be seen that the temperature profiles are 
quite close to each other compared to OP3. OP3 shows the most dis¬ 
tinctive temperature profile. At this operating point, the recirculated 
hot bed material has the highest temperature, but this energy is con¬ 
sumed in the reactor, as the lowest temperature is also measured in 
this third test run. This aspect is interesting, as, due to the lower 
amount of steam used in OP3, it was expected that less energy is 


Table 5 

General parameters of the gasification tests. 


OP2 OP3 


Particle size bed material 
Steam-to-carbon ratio, <p sc 
Steam-to-fuel ratio, Psf 


Coarse Fine Fine 

2.1 2.1 1.3 

1.4 1.4 0.9 


Fuel power lignite kW 

Gasification temperature bubbling °C 
bed 

Mean temperature riser °C 

Fuel mass flow kg/h 


90 

850 Jt 
2 

900 906 902 

16.9 17.0 16.9 

2-6 


Initial bed material inventory 
Batchwise sampling 


100 

Tar, NH 3 , H 2 S Tar Tar 


utilized for heating up the steam in the reactor. An aspect that could 
explain this is that the endothermic gasification reactions are forced. 
This aspect will be discussed later when viewing the product gas 
yield. This could also be the reason why the bed material is heated 
up to a higher temperature in the combustion reactor, as the bed tem¬ 
perature in the gasification reactor was held to the set point of 850 °C. 

4.3. Main product gas composition 

The dual fluidized bed gasification process yields two separate gas 
streams, a product gas stream (gasification reactor) and a conven¬ 
tional flue gas steam (combustion reactor). The product gas primary 
consists of the gas components hydrogen (H 2 ), carbon monoxide 
(CO), carbon dioxide (C0 2 ), methane (CFt 4 ), ethylene (C 2 H 4 ), ethane 
(C 2 H 6 ) and unconverted water (H 2 0). The difference of the sum of 
these main components to 100% of gas components is made up by 
the following components or impurities: 

• A nitrogen (N 2 ) content <1.5 vol.%db can be present in the product 
gas as N 2 is used in the process as gas for inertization of the fuel 
feeding system. 

• Gaseous C 2 -C 5 hydrocarbons that are not detected with the applied 
measurement devices. 

• Hydrogen sulfide (H 2 S) in the product originating from the sulfur 
content in the fuel and 

• Ammonia (NH 3 ) in the product originating from of the nitrogen in 
the fuel. 

Fig. 7 provides the product gas composition for the three operating 
points. The H 2 content ranged between 48.2 and 50.7 vol.% d b. CO be¬ 
tween 25.3 and 29.5 vol.% db , C0 2 between 12.9 and 15.1 vol.% db and 
the CH4 content was in all cases very close to 4.4 vol.% d b. These values 
for the gasification of lignite prove the significant influence of the feed¬ 
stock of the system. Compared to the gasification of biomass the H 2 con¬ 
tent is massively higher (about 40 vol.% db in case of wood) and the CH 4 
content considerably lower (about 11 vol.% d b in case of wood) [9,15], 
C 2 H4 and, especially, C 2 H 6 were present at a very low amount for bio¬ 
mass and coal gasification in general. C 2 Ff4 was found to be 0.8 ± 
0.1 vol.% d b and C 2 H 6 was 0.1 vol.% d b for all operating points. The lower 
heating value for the dry product gas was not affected, as it stayed con¬ 
stant around 11 MJ/Nm 3 db . The highest H 2 content was reached during 
OP2. This can be explained with the high amount of steam and the in¬ 
creased catalytic activity of the smaller olivine particles due to their in¬ 
creased specific surface. The lowest content of C0 2 and the highest CO 
content were reached in OP3, compared to OP2, where the same particle 
size (fine particles) was used. From OP2 to OP3 only the steam-to-carbon 
ratio (<Psc) was reduced from 2.1 to 1.3 kg H20 /kgc, so the changed value 
of cpsc can be considered responsible for this. Koppatz et al. [15] studied 
the influence of the steam-to-fuel ratio (<psr) for steam gasification of 
wood pellets and found that CO and C0 2 , in particular, are influenced sig¬ 
nificantly if tpsF drops below a certain value. For wood pellets this was be¬ 
tween 0.84 and 0.74 kg H2 o/kgfu e i, da r- This reduction of (p SF caused an 
increase of CO and a decrease of C0 2 in the product gas. Only a minor ef¬ 
fect of <p SF was found for H 2 (decrease by lowering <p SF ) and CH 4 was not 
influenced noticeably. This effect was also observed for the gasification of 


Table 6 

Fluidization velocities and their ratios to minimal required values. 

Value Unit OP1 OP2 OP3 


Minimum fluidization velocity for dsv, U m f m/s 

Terminal velocity for d sv , U t m/s 

Superficial velocity gasification reactor, U g m/s 
Fluidization number gasif. reactor, U g /U m f 
Transport number gasif. reactor, U g /U t 
Superficial velocity comb, reactor, U c m/s 

Fluidization number comb, reactor, UJU m , - 
Transport number comb, reactor, UJU t 


0.13 0.07 0.07 

5.25 3.36 3.36 

0.35 0.43 0.40 

2.71 6.00 5.58 

0.07 0.13 0.12 

8.90 7.80 8.90 

68.46 108.33 123.61 

1.70 2.32 2.65 















S. Kern et al., 


l Processing Technology 111 (2013) 1-13 



[Temperature] °C 

Fig. 6. Temperature profile in the gasification reactor. 


lignite in the case here. The lower value of <p s c for OP3 led to a drop of H 2 
of 1.31 vol.%db. an increase of CO of 4.17 vol.%db and C0 2 went down by 
about 2.14 vol.%db- The amounts of H 2 S and NH 3 were measured during 
the operation of 0P1 and the results are summarized in Table 7. These 
impurities are formed by the sulfur and nitrogen content of the lignite. 
Previous research showed that nearly all of the introduced nitrogen is re¬ 
leased in the gasification reactor [10,14], Khan [30] found in his investi¬ 
gation that about 31% of the sulfur in the coal appears in the gaseous 
products (H 2 S + COS) for coal pyrolysis whereas 19% of the H 2 S content 
in the gas has to be added for COS compounds. CS 2 is generally a product 
of secondary reactions of COS and H 2 S, but only to a negligible extent, as 
these reactions only occur at temperatures above 850 °C [31 ]. Due to this 
fact the estimated amount of COS in the gas can be up to 144 ppm v , but 
due to the reducing atmosphere during steam gasification, this value can 
be taken as the maximum possible amount of COS. In a dual fluidized bed 
gasifier it has been found that the release of H 2 S in the product gas is 
between 50 and 90% of the amount of sulfur introduced with the feed¬ 
stock, while the difference leaves the system as S0 2 in the combustion 
reactor [10,14], 

The detected product gas pollutants entrained dust and char are 
shown in Fig. 8. The dust content is made of the fuel ash and some attri¬ 
tion of the bed material. The attrition is affected only marginally by the 
changed conditions. For OP3 it can be guessed that the lower fluidiza¬ 
tion velocities, lower turbulence in the bed and, therefore, lower attri¬ 
tion rates of the olivine particles occur. Concerning the entrained char, 
the operation at OP2 caused the highest amount of entrained char in 
the gas compared to OP3 where the lowest values of char were 
detected. A reason for this could be the improved intermixing by higher 



gas velocities in the reactor at OP2. This could lead to a faster transport 
of the fuel to the bed surface, entrainment of char and forced abrasion of 
the char particles in the bed. By lowering <p s c. (OP3) the amount of char 
found in the product gas was reduced by 58% compared to OP2 mainly 
because a lower fluidization velocity (steam) reduces the entrainment 
of fine particles. 

4.4. Tar content 

For each operating point, various tar samples were taken and ana¬ 
lyzed. The amounts of tar are shown in Fig. 9 (gravimetric tar and GC- 
MS tar). The amount of gravimetric- and GC-MS-detectable tar was in 
a narrow window between 3.0 and 3.3 g/Nm 3 db of GC-MS-detectable 
tar and 0.7 and 1.0 g/Nm 3 db of gravimetrically detectable tar. Koppatz 
et al. [32] found a massive decrease of the GC-MS tar in the case of 
smaller olivine particles, but in this study the particle size was even 
smaller with d p50 = 260 pm and the feedstock was biomass, which 
makes the result more distinctive than here. Ffowever, a reduction of 
the GC-MS tar cannot be observed here. This can be caused by the na¬ 
ture of the feedstock, as biomass causes, in general, more tar due to a 
higher content of devolatilization products in the gas. Nevertheless, a 
slight reduction of gravimetric tar can be observed. 

By GC-MS analysis also individual tar components can be detected. 
A classification of these tar components can be made by using several 
factors. Milne et al. [33] categorized the components into primary, sec¬ 
ondary and tertiary tar components depending on their temperature of 
formation. Another classification can be made when the individual 
components are dedicated to their super ordinated groups [34], These 
groups are phenolic compounds, furans, aromatic compounds and 
polyaromatic hydrocarbons (PAH). Naphthalene, as the most dominant 
and most stable tar component, would belong to the group of PAH. To 
make the content of naphthalene visible, it will be removed from the 
group of PAH and treated separately. A third, widely used, classification 
is the characterization according to ECN [35], Here, tars are classified 
into five tar classes. Class I contains tars that are non-detectable by 

Table 7 

Detected concentrations of ammonia and hydrogen sulfide in the product gas. 

Value Unit OP1 

NH 3 ppm v 4710 

H 2 S ppm v 762 
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Fig. 8. Detected inorganic (dust) and organic (char) particulate matter in the product 
gas. 


GC-MS as they condense at high temperatures (gravimetric tar). These 
tars have a high molecular weight. The other tar classes (II to V) are ligh¬ 
ter hydrocarbons that are present in the tar. The complete classification 
of the individual GC-MS tar components according to the classifications 
discussed here is given in Table 8. The allocation of the GC-MS tar com¬ 
ponents to the ECN groups is provided in Fig. 10 and to the classification 
into primary, secondary and tertiary tars is given in Fig. 11. It can be 
seen that the tar classes are not influenced by the different operation 
points in an effective way. For detailed information about the GC-MS 
tar composition, Table 9 summarizes the amount and the relative con¬ 
tribution of the tar compounds. It can be seen that the different particle 
sizes do not influence significantly the amounts of the tar components. 
The reduced steam-to-carbon ratio of OP3 caused some slight changes, 
like a reduction of indene, phenol, styrene and benzofuran, and a small 
increase of fluoranthene. 

Summing up the results of the tar measurements, a significant influ¬ 
ence of the particle size of the bed material and the steam-to-carbon 
ratio could not be detected. Nevertheless, the tar production was al¬ 
ready at a quite low level. In addition to the lower content of volatile 
components compared to biomass, there can also be a catalytic effect 
of the lignite ash responsible for these low tar yields. The effect of this 
mix of inorganic species in the system must not be neglected, as an 
ash mass flow of 0.58 kg/h was introduced by the lignite into the gasifi¬ 
er. The composition of the ash was detected by X-ray fluorescence 
(XRF) analysis. These results are listed in Table 10, which exposes the 
main components as calcium, sulfur, magnesium, iron and sodium. 
The high content of Fe 2 0 3 is promising in this case due to the reason 
that a high content of Fe 2 0 3 in combination with calcium works 
very well for tar-reducing catalytic reactions. Several research groups 
[36,37] identified iron(III) as the active part for catalytic reactions 


■ OP1.S/C2.1 

□ OP2, S/C 2.1 

□ OP3, S/C 1.3 



Dust content Char content 


Table 8 

Classification of GC/MS tar components according to Milne [46] and ECN [48], 


ECN Class Component 


Milne 


Class IV 


Class V 


2-methylphenol 

4-methylphenol 

Benzofuran 

Isoeugenol 

Isoquinoline 

Quinoline 

Mesitylene 

Phenylacetylene 

Naphthalene 

2-methylnaphtalene 

1 -methylnaphtalene 

Biphenyl 

Acenaphthylene 

Acenaphthene 

Anthracene 

Phenanthrene 

Dibenzofuran 

Fluoranthene 

4.5-methylphenanthrene 

9-methylanthracene 

Pyrene 

Benzo(b)fluoranthene 

Benzo(k)fluoranthene 

Benzo(ghi)perylene 

Benzo(a)pyrene 

Indenol[l,2,3]pyrene 


Primary/secondary 

Primary/secondary 

Primary/secondary 

Secondary 

Secondary/tertiary 

Primary 

Secondary 

Secondary 

Secondary/tertiary 

Secondary/tertiary 

Secondary/tertiary 

Secondary/tertiary 

Secondary/tertiary 

Secondary 

Secondary 


regarding tar reduction. The latter researchers found that dolomite 
with a higher content of Fe 2 0 3 performed better for tar conversion, 
which is an indicator for the catalytic activity. For steam reforming reac¬ 
tions, alkali metals are also catalytically active. It has been found that 
potassium carbonate is the most active species followed by sodium car¬ 
bonate [38], The potassium content of the ash can be neglected here 
compared to other fuels [39], but the sodium present in the ash is able 
to contribute significantly to the catalytic activity. 

4.5. Product gas yield and conversion performance 

The produced amount of product gas as well as the conversion of 
water and carbon into product gas will be discussed in this section. 
Essential characteristic values are summarized in Table 11. The product 
gas yield and the product gas-to-fuel ratio are shown in Fig. 12. The 
amount of product gas increased using fine bed material particles. The 



OP1, S/C 2.1 OP2, S/C 2.1 OP3, S/C 1.3 


sClass II ■ Class III oClasslV ■ Class V | 



Fig. 9. GC-MS and gravimetric tar content: 


Fig. 10. GC-MS tar classification; 


i ECN [35]. 
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0P1 0P2 0P3 

Fig. 11. GC-MS tar classification according to Milne [33], 


dry product gas volume increased about 15.7% for OP2 compared to OP1. 
This effect can be caused by the increased contact with the hot bed ma¬ 
terial. The increased fluidization number at OP2 is a good indicator for 
this. At OP3 (lower steam-to-carbon ratio (<Psc)), the amount of product 
gas increased again about 5.8% compared to OP2. A similar trend was ob¬ 
served for the relative water conversion and the carbon conversion in the 
gasification reactor (Fig. 13). The carbon conversion in the gasifier in¬ 
creased from OP1 towards OP3. The relative water conversion goes 
along with these trends, but for OP3 this behavior is a special case: The 
water conversion increased from 0.52 at OP2 to 0.55 kgn2o/l<gfuei,daf at 
OP3 while the amount of steam that is provided for gasification was re¬ 
duced with the lower steam-to carbon-ratio. As already guessed during 
discussion of the temperature profile of the reactor, the gasification re¬ 
actions were enhanced at OP3, which goes along with the required fuel 
for the combustion reactor (Fig. 14). The overall reason for this effect 
can be ascribed to an increased residence time of the fuel and char par¬ 
ticles in the gasification reactor by the changed fluidization regime in 
the following section: 

The fluidization velocity for OP3 was lower, compared to OP2, as less 
steam was introduced into the bubbling bed at OP3, so also the fluidiza¬ 
tion number in the bubbling bed of the gasification reactor was lower 


Table 9 

Detected GC/MS tar components and their absolute and relative amount. 

OP1 OP2 OP3 OP1 OP2 OP3 
Component mg/Nm 3 wt.% 


Naphthalene 

Acenaphthylene 

Anthracene 

2-Methylnaphthalene 

Fluoranthene 

Dibenzofuran 

Phenanthrene 

Pyrene 

Phenol 

4,5-Methylphenanthrene 
1 -Methylnapthalene 
Acenaphthene 
Biphenyl 

1-Benzothiophene 

Quinoline 

Phenylacetylene 

Chrysen 

Benzo[a]anthracene 

Rest 

Sum 


1010.0 1093.4 1094.3 

417.8 489.6 328.6 

300.8 379.3 381.8 

181.7 205.4 217.2 

107.1 115.0 60.7 

113.5 140.8 121.6 

85.0 100.9 127.5 

93.9 95.7 94.8 

87.3 86.4 89.5 

62.3 69.4 82.4 

66.1 77.8 40.2 

66.4 71.9 35.9 

53.6 57.7 61.2 

55.2 52.9 40.7 

43.2 43.2 33.2 

40.1 42.0 26.7 

37.9 37.8 32.4 

34.6 34.6 30.4 

27.3 29.5 10.0 

21.8 20.0 21.2 

20.8 28.9 32.2 

17.1 22.6 26.3 

15.7 31.4 12.2 

2959 3326 3001 


34.13 32.87 36.46 

14.12 14.72 10.95 

10.16 11.40 12.72 

6.14 6.18 7.24 

3.62 3.46 2.02 

3.84 4.23 4.05 

2.87 3.03 4.25 

3.17 2.88 3.16 

2.95 2.60 2.98 

2.11 2.09 2.75 

2.23 234 1.34 

2.24 2.16 1.20 

1.81 1.73 2.04 

1.86 1.59 1.36 

1.46 1.30 1.11 

135 1.26 0.89 

1.28 1.14 1.08 

1.17 1.04 1.01 

0.92 0.89 033 

0.74 0.60 0.71 

0.70 0.87 1.07 

0.58 0.68 0.88 

0.53 0.94 0.41 

100.00 100.00 100.00 


Component 

Unit 

Amount 

Na 2 0 

wt.% 

4.51 

MgO 

wt.% 

12.22 

A1 2 0 3 

wt.% 

1.58 

Si0 2 

wt.% 

0.83 

P2O5 

wt.% 

0.30 

S0 3 

wt.% 

32.39 

K 2 0 

wt.% 

0.90 

CaO 

wt.% 

36.11 

Ti02 

wt.% 

0.26 

V2O5 

wt.% 

0.00 

Cr 2 0 3 


0.02 

MnO 

wt.% 

0.13 

Fe 2 0 3 

wt.% 

10.01 

NiO 

wt.% 

0.02 

CuO 

wt.% 

0.02 

ZnO 

wt.% 

0.01 

Rb 2 0 

wt.% 

0.00 

SrO 

wt.% 

0.26 

PbO 

wt.% 

0.00 

Cl 

wt.% 

0.44 

(Table 6). ft can be assumed that this reduction of steam fluidization 
had an influence on the movement of bed material and char to the com- 

bustion reactor. In other words, the bed 

material circulating rate 

between the reactors w 

as reduced simultaneously. The net effect of 

this was that less char 

was transported to the combustion reactor 

while the char content in 

the gasification reactor was higher. The combi- 

nation of the higher char content and the increased residence time in of 
the char and fuel particles in the gasification reactor caused a more in- 

tense contact of the steam with char and led 

to an increased amount of 

product gas and a better water conversion rate. As less char was 

Table 11 



Specific data of the accomplished tests. 


Value 

Unit 

OPl OP2 OP3 


Total product gas amount Nm 3 /h 

H 2 0 content in product gas vol.% 

Dry product gas amount Nm 3 db /1 

Specific product gas yield Nm 3 db /I 

Lower heating value MJ/Nm 3 

Chemical product gas kW 

power exc i. tar 

Cold gas efficiency, T| c % 

Specific H 2 yield Nm 3 H2 7 

Specific C0 2 yield Nm 3 C o2 

Specific CO yield Nm\ ( ,/ 

Specific CH 4 yield Nm 3 ™ 

Specific C 2 H4 yield Nm 3 c2H 

Specific C 2 H 6 yield Nm 3 c2H 

Logarithmic deviation from - 

CO-shift 


equil 
Rel. wa 


n.X.co, k gH2 o/k gfllel 


Rel. water conversion, X^o, kg H 2 oAgfu e i, d af,N,s,ci t 

Stoichiometric steam kg H2 o/kgfi, e i, d af,N,s,ci t 

demand 

Stoichiometric steam molH 2 o/kgfuei, d af,N,s,c 


0.059 

0.006 

0.001 

-0.057 


0.418 0.522 0.549 
0.424 0.529 0.557 


Mean gas residence til 
freeboard 

of gasification reach 
Mean residence time i 
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0P1, S/C 2.1 OP2, S/C 2.1 0P3, S/C 1.3 


Fig. 12. Specific and absolute product gas amount 


transported to the combustion reactor while more char was gasified in 
the gasification reactor, more fuel for the combustion reactor was 
required to provide the heat for the gasification process (Fig. 14). 

To provide a value for the efficiency of the gasification system, the 
cold gas efficiency is used here. For calculation of this value in case of 
tests on the pilot plant, it has to be kept in mind that a pilot plant usually 
does not reach the low ratio of heat losses like an industrial large-scale 
plant. In the case of the dual fluidized bed pilot plant, the heat losses are 
nearly 20% of the fuel input A large scale plant can be operated with sig¬ 
nificantly lower heat losses. Stidl [40] calculated the heat losses by radi¬ 
ation for the main parts of the 10 MWj, dual fluidized bed gasification 
plant in Oberwart, Austria [6]. Based on the reported heat losses, the 
heat loss by radiation for an industrial plant can be assumed to be 2% 
of the input fuel power. To comparably use the cold gas efficiency for 
a plant of industrial size, Eq. (19) can be used. 


Vc- 


_ V k LHV pc _ 

(Pfuei,G + Pfueic-Qrr + Qip) -3600 


(19) 


The gas composition itself is close to water-gas shift equilibrium 
(Table 11) for all operating points. For OP1 and OP2, p<+ q ,co-shift was 
slightly below 0 whereas for OP3, po eq ,co-shift > 0- The small distance to 
equilibrium in all three cases was caused by the comparably high H 2 


■ Carbon conversion (Gasifier) 



OP1, S/C 2.1 OP2, S/C 2.1 OP3, S/C 1.3 
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Fig. 13. Carbon conversion and water conversion in the gasification reactor. 


content. In the case of OP3 the equilibrium is affected by the low water 
content in the gas and the high H 2 content. Here the reaction would try 
to shift the gas composition during passing the hot freeboard towards 
production of CO and H 2 0, but due to the low residence time (r F ) and 
the absence of a catalyst in the freeboard, this reaction was limited. 

5. Conclusions 

Steam gasification of lignite with two different sizes of bed materials 
and different ratios of steam in a dual fluidized bed (DFB) gasifier was 
successfully carried out with a fuel power of 90 kW at the DFB pilot 
plant at Vienna University of Technology. Variation of the bed material 
particle size and the amount of steam for gasification showed that the 
product gas quality was not affected for the used feedstock, but a notice¬ 
able influence on the performance for both measures (particle size and 
steam-to-carbon ratio) was found. The most significant changes by the 
smaller olivine particles (OP1 vs. OP2) used in this study are: 

• Higher ( + 15.7%) product gas yield, higher cold gas efficiency. 

• Increased carbon and water conversion in the gasification reactor 
by increased turbulence in the bubbling bed and enhanced contact 
to the bed material particles with larger surface. 

The reduction of the bed material particle size offers the possibility to 
operate the gasification reactor with a lower amount of steam for fluidi¬ 
zation, maintaining a good fluidization regime in the gasification reactor. 
The operation of the system with a lower amount of steam for 
gasification/fluidization showed an increase of performance data of the 
system, which can be detected by the following aspects (OP2 vs. OP3): 

• Increased (+5.8%) product gas yield, higher cold gas efficiency. 

• Higher carbon conversion was found in the gasification reactor. By the 
reduced rate of carbon from the gasification reactor to the combustion 
reactor, more char is held back in the bubbling bed of the gasification 
reactor and the steam-char contact was more intense. As a net effect 
of this (lower amount of char available for combustion), and the en¬ 
hanced, energy consuming gasification reactions by the higher char 
content in the gasification reactor, the required additional fuel for 
the combustion reactor increased. 

• Improved water conversion rate (goes along with the reasons explained 
for the higher carbon conversion). 

• Lower water content of the product gas: By the combination of in¬ 
creased water conversion with a lower amount of steam present in 
the gasifier, a comparably low amount of unconverted water was left 
in the product gas. 

Summarizing, the tests carried out showed that dual fluidized bed 
gasifier originally designed for the gasification of woody biomass can 
handle the lignite used as feedstock. Furthermore the performance 
and the efficiency of the gasification process for lignite as a feedstock 
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and olivine as the bed material can be improved by reduction of the 
bed material particle size and limitation of the amount of steam intro¬ 
duced into the gasification reactor. 


5sr 


u mf 

Ur 

u g ,u c 


General particle diameter pm 
Particle size with mass fraction <10% pm 
Mean particle size pm 
Particle size with mass fraction >90% pm 
Particle Sauter diameter pm 
Sauter diameter of the fine bed material used pm 
Sauter diameter of the coarse bed material used pm 
heat of reaction at 850 °C kj/mol 
Equilibrium constant of CO-shift - 
Lower heating value of the product gas (dry) MJ/Nm 3 d b 
Actual mass flux of steam in the gasification reactor kg/h 
Actual mass flux of steam in the gasification reactor kg/h 
Mass flux of steam in the gasification reactor kg/h 
Mass flux of solid fuel into the gasification reactor kg/h 
Amount of water that is converted to product gas kg/h 
Carbon flux in the product gas stream kg/h 
actual measured gas phase partial pressure of the species i Pa 
Logarithmic deviation from CO-shift equilibrium - 
Input fuel power of solid fuel into gasification reactor kW 
Input fuel power of fuel for combustion reactor kW 
Heat loss of the pilot plant kW 

Heat loss of an industrial size plant with the same fuel 
power as the pilot plant kW 

Minimum fluidization velocity for a single particle m/s 
Terminal velocity for a single particle m/s 
Superficial gas velocity in gasification reactor (g) and com¬ 
bustion reactor (c) m/s 

Volumetric flow rate of product gas (dry) Nm 3 db /h 
Water conversion in the gasifier, related to the fuel input 

kgH2o/kgfuel,daf 

Molarity of carbon in the fuel (dry, ash, N, Cl and S free 
basis) mol/kg C H,o 

Molarity of hydrogen in the fuel (dry, ash, N, Cl and S free basis) 
mol/kg c ,ii,o 

Molarity of oxygen in the fuel (dry, ash, N, Cl and S free basis) 
mol/kgc, H ,o 


Greek letters 

S Deviation - 

c/> H2 o Stoichiometric H 2 0 


demand mol^o/kg daF n s ci tree* 


kg H2 o/kg d af,N,S,Cl free 

T) c Cold gas efficiency - 

<PsF,wt Steam-to-fuel ratio kgH 2 o/kg fu ei,daf, - 

<Psc,wt Steam-to-carbon ratio kg H2 o/kgc. - 

<Psc,moi Molar steam-to-carbon ratio molmo/molc, - 

Ah 2 o Stoichiometric H 2 0 ratio mol/mol, kg/kg 
r F Product gas residence time in the freeboard of the; 

reactor s 

r c Gas residence time in the combustion reactor s 
i4sh Ash mass fraction in the fuel - 
v c Carbon mass fraction in the fuel - 

v H2 o Water mass fraction in the fuel - 


Abbreviations & subscripts 

BTX Benzene, toluene, xylene 

c Carbon, cold gas (efficiency), combustion reactor 

Combined heat and power plant 
Dry and ash free basis 


db Dry basis 

DFB Dual fluidized bed 

g Gasification reactor 

GC-MS Gas chromatography mass spectrometry 

IPA Isopropanol 

OP Operating point 

PAH Polycyclic aromatic hydrocarbons 

PG Product gas 

VUT Vienna University of Technology 

XRF X-ray fluorescence 
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